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Developments in modeling of the fluid catalytic cracking (FCC) process have progressed along two lines. One empha-
sizes composition-based kinetic models based on molecular characterization of feedstocks and reaction products. The
other relies on computational fluid dynamics. The aim is to develop an FCC model that strikes a balance between the
two approaches. Specifically, we present an FCC riser model consisting of an entrance-zone and a fully developed zone.
The former has four overlapping, fan-shaped oil sprays. The model predicts the plant data of Derouin et al. and reveals
an inherent two-zone character of the FCC riser. Inside the entrance zone, cracking intensity is highest and changes
rapidly, resulting in a steep rise in oil conversion. Outside the entrance zone, cracking intensity is low and varies
slowly, leading to a sluggish increase in conversion. The two-zone model provides a computationally efficient modeling
approach for FCC online control, optimization, and molecular management. VC 2014 American Institute of Chemical

Engineers AIChE J, 61: 610–619, 2015
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Introduction

Fluid catalytic cracking (FCC) is a hydrodynamically
complex oil refining process involving a vast number of
reactions. It is the primary boiling-point reduction process
for the production of many petroleum and petrochemical
products. It uses a riser reactor to crack heavy petroleum
fractions, such as vacuum gas oil (VGO, 340–570�C boiling
range), into high-value hydrocarbons such as gasoline, diesel,
and light olefins. For instance, FCC is a major producer of
propylene, which is a building block for various chemical
products. The importance of the FCC process is evidenced
by its voluminous scientific and patent literature. The process
is expected to play an increasingly important role in process-
ing unconventional feedstocks such as biofuels and tight oils.

The focus of this work is on the riser reactor. The VGO
feedstock enters the riser bottom circumferentially through
multiple nozzles. The atomized oil sprays collide with hot,
catalyst particles and are vaporized and cracked to lighter
hydrocarbons and coke. The resulting hydrocarbon vapor con-
tinues to crack as it flows upward along with the catalyst
against gravity in the riser. Because of vaporization and crack-
ing, the vapor expands, thus increasing the velocities of both

reacting gas mixture and catalyst along the riser. The
increased velocities, along with the vapor expansion via endo-
thermic cracking and depressurization, dilute the catalyst volu-
metric concentration and hence lower the local catalyst-to-oil
(CTO) ratio. Concomitant with these events is the deposition
of coke, a reaction by-product, on the catalyst surface, which
deactivates the catalyst. The deactivated catalyst is separated
out from the hydrocarbon stream through cyclones at the riser
exit. On regeneration via coke burning in a high-temperature
regenerator, the catalyst is fed back to the riser to complete
the circuit. The heat generated in the regenerator is used to
vaporize and crack hydrocarbons in the riser.

Recent advances in analytical chemistry and computing
made it possible to perform molecular speciation analyses on
petroleum fractions and follow the reactions of a vast num-
ber of species computationally. This provided an opportunity
for enhancing oil refining efficiency via molecular manage-
ment of various hydrocarbon streams. A low-cost approach
to improving the FCC process is to develop a robust process
model capable of predicting how product quality is affected
by feedstock composition, operating conditions, catalyst
properties, and hardware configuration. Moreover, the model
must also be usable for plant monitoring, online control, and
optimization.1 To achieve these objectives, one should first
obtain intrinsic kinetics from laboratory reactors. The thus-
obtained intrinsic kinetic model is then used for scale-up by
incorporating hydrodynamic and transport effects. To do so
requires the development of a quantitative treatment of the
interplay of cracking kinetics, hydrodynamics, and transport
processes throughout the FCC unit.
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Most prior FCC riser models were based on the assump-
tion that the cracking time scale is much longer than the
time scales of vaporization and interfacial transport. So, the
feed injection zone “instantaneously” reaches a thermal equi-
librium state before cracking sets in. Such models generally
fall into two broad categories. One is the traditional one-
dimensional (1-D), homogeneous plug-flow model2,3 which,
due to its simplicity, can accommodate a huge number of
reactions, thus allowing for a composition-based model to be
developed. An example of this type of model has as many as
30,000 reactions involving over 3000 species.4 The problem
with such a kinetics-dominated model is that they do not
consider hydrodynamic effects that affect not only the reac-
tion time but also the local CTO variations. In other words,
the momentum equations must be combined with the equa-
tions of energy and mass conservation for more predictive
calculations. At the other end of the spectrum is the compu-
tational fluid dynamics (CFD)-based models,5–8 which
involves numerical solution of partial differential equations
for multidimensional flow systems. Here, the allowable num-
ber of chemical reactions is necessarily small due to limited
computing capabilities even with today’s prodigious comput-
ing power. The CFD-dominated models would not be able to
portray the complexities and subtleties of the underlying
chemistry and catalysis. Nor does it enable refiners to man-
age FCC feedstocks and products at a molecular level.

Neither of the aforementioned modeling approaches can
be directly used for FCC online control, monitoring, and
optimization. This state of affairs underlines the need for a
hybrid approach aimed at striking a right balance between
the two aforementioned “asymptotic” approaches. Also, there
is a need to gain a predictive understanding of “entrance
cracking” via the development of a quantitative treatment of
the feed injection zone where temperature and catalyst activ-
ity/concentration are highest. These considerations led us to
construct a 1-D heterogeneous riser model capturing the
salient features of the interactions between hydrodynamics
and cracking kinetics.9 Specifically, it accounts for catalyst
acceleration, particle–particle collision force, and particle-
fluid interfacial force. In an ensuing study, we developed an
averaging approach for modeling transport-reaction coupling
in the feed injection zone with two overlapping round noz-
zles.10 The results showed that cracking at the riser bottom
plays a critical role in determining the performance of an
FCC riser. The treatment was further extended to injection
zones having four overlapping square nozzles.11

Based on the approaches developed in our previous stud-
ies,9–11 here we construct a more realistic FCC model that
has four symmetric, overlapping fan-shaped atomizing noz-
zles.12,13 This type of nozzles provides a wide and fairly uni-
form feed coverage across the catalyst stream, thus starting
the vapor-phase cracking as early as possible. The model

consists of two parts: a feed injection zone and a down-
stream fully developed riser zone. The former provides the
inlet condition for the latter. Each of the two zones is repre-
sented by a system of first-order ordinary differential equa-
tions (ODEs) that governs the interplay of convective
transport and cracking reactions. As such, the two-zone
hybrid model can easily accommodate a large number of
reactions, thus permitting full molecular characterization of
feedstocks and FCC products. As a sequel to our prior stud-
ies, the same four-lump cracking kinetic model used previ-
ously9–11 is adopted in this study so that a direct comparison
can be made.

In what follows, we first develop a model for the riser
downstream zone. This is followed by constructing the feed
injection zone model and combining the two submodels into
a two-zone model for the entire riser. The resulting model
provides new insights into the physicochemical events taking
place inside the three-phase riser reactor. Moreover, it can
explain and predict the data of Derouin et al.14 obtained
from a commercial FCC riser.

Modeling of Fully Developed Riser Zone

The fully developed riser zone is characterized by trans-
port and reactions involving gaseous species and catalyst.
Given the boggling complexities of the system, we make the
following simplifying assumptions: (1) gas and catalyst flows
are dominated by convection in the axial direction; (2) all
state variables such as velocity and temperature are locally
averaged over the riser cross section, and hence vary only
along the flow direction; (3) the riser is adiabatic at a steady
state; (4) gaseous species obey the ideal gas law; (5) thermal
cracking is negligible and catalytic cracking rates are
describable by a four-lump kinetic model consisting of
VGO, gasoline, light gases, and coke, as shown in Figure 1;
(6) the aeration steam is treated as an inert species; and (7)
coke is regarded as an “added mass” to the catalyst.

The overall and component mass balances for the gas
phase can be compactly written as

d

dz
ag/gUg

� �
5Cg (1)

where /g and Cg represent, respectively, a state variable of
gas phase and reaction terms, as detailed in Table 1. Note
that the symbols are defined in Notation if not stated
otherwise.

The five reactions shown in Figure 1 are represented by ri

(i 5 1, 2, . . . 5). The cracking reactions of VGO and gaso-
line are second order and first order, respectively.2,15,16 The
mass-based reaction rates ri (kg/m3 s) for the ith-reaction in
Figure 1 are expressed as

ri5
UskiC

2
1M1 i51; 2; 3

UskiC2M2 i54; 5

(
(2)

Figure 1. Four-lump kinetic model for VGO cracking.

Table 1. Meanings of /g and Cg in Eq. 1

Species /g Cg

Gas phase overall qg 2(r3 1 r5)
VGO C1M1 or q1 2(r1 1 r2 1 r3)
Gasoline C2M2 or q2 r1 2 r4 2 r5

Light gases C3M3 or q3 r2 1 r4

Steam CstMst or qst 0
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Here, the effective rate constant ki take the Arrhenius
form and are corrected for changes in the local CTO ratio
and catalyst volume fraction9 as follows

ki5�ki0kðzÞexp 2
Eai

RTs

� �
(3)

where

�ki05

M1

agqg

 !
ki0 i51; 2; 3

ki0 i54; 5

8>><
>>: (4)

The local CTO ratio, defined as k(z), is given by the fol-
lowing power-law relation

kðzÞ5 C

O

� �
i

as

as;avg

� �n

(5)

where (C/O)i is the overall CTO ratio based on the mass
flow rates at the riser inlet and the power-law index n is a
model parameter. The average catalyst volume fraction as;avg

is calculated by

as;avg5
1

L

ðL

0

asdz (6)

The catalyst deactivation function, Us, is related to catalyst
coke content and given by the following correlation17,18

Us5
4:2911

4:291exp 10:4 � CCð Þ (7)

where CC is catalyst coke content in weight percentage (wt %).
The overall mass balance is the sum of all component bal-

ances. As such, only four out of the five equations in Eq. 1
are independent. Here, the fluid phase consists of VGO
vapor, gasoline, light hydrocarbon gases, and steam, while
the coke lump is treated as a component of the solid phase.
The overall gas density qg is given by

qg5
X3

i51

qi1qst5
X3

i51

CiMi1CstMst (8)

where Ci and Mi are molar concentrations and molecular
weights, respectively. The overall gas-phase molar concen-
tration is related to the local temperature and pressure by the
ideal gas law as follows

X3

i51

Ci1Cst5
p

RTg

(9)

The overall mass balance for the solid phase is given by

d

dz
/sUsð Þ5Cs (10)

where the meanings of /s and Cs are listed in Table 2. The
overall mass balance is the sum of all component balances,
so only two of the three equations in Eq. 10 are independent.

Also, the volume fractions of catalyst (as), coke (ac), and gas
(ag) are constrained by

as1ag1ac51 (11)

The overall momentum balances for the gas and solid
phases, respectively, take the form

d

dz
agqgU2

g

� �
52agqgg2

dp

dz
2fD (12)

d

dz
asqs1acqcð ÞU2

s

� 	
52 asqs1acqcð Þg1fD2fC (13)

where the drag force per unit volume, fD, is calculated from
the modified Richardson–Zaki equation19

fD5r1 �
18las

d2
s a

nRZ22
g

ðUg2UsÞ (14)

The empirical Richardson–Zaki index (nRZ) can be corre-
lated with ds/D and particle Reynolds number.20 The colli-
sion force per unit volume is determined from the following
semiempirical model19

fC5 12r2r3ð Þ fD2 12r3ð Þasqsg (15)

Note that the correction factors r1 in Eq. 14 is introduced
to account for the pair particle wake effect on drag force,
while r2 and r3 in Eq. 15 account for energy dissipation par-
tition effects by collisions, as shown in Table 3.

Note that A and B in Table 3 are empirical coefficients
obtained from a correlation related to the local particle
Reynolds number21 and asc is a solid volume fraction that
characterizes the transition from dense-phase transport to
dilute-phase transport. We set asc 5 0.18 as it is typically
between 0.15 and 0.2.

As all reactions occur on catalyst particles, the reaction
heat is assumed to be associated with catalysts only. The
heat transfer between gas and catalysts is assumed to be gov-
erned by the convection of their relative motion and temper-
ature difference. Thus, the overall energy balances for the
gas and solid phases are, respectively, given as

d

dz
agqgUgcpgTg

� �
5h Ts2Tg

� �
pd2ns (16)

d

dz
acqccpc1asqscps

� �
UsTs

� 	
52

X5

i51

riDHi2h Ts2Tg

� �
pd2ns

(17)

The effective heat-transfer coefficient between the gas and
solid phases is determined by the following empirical
correlation

Nu50:02Re1=2
p Pr1=3 (18)

In summary, the above development leads to 13 independ-
ent ODEs with 13 unknowns (as, ag, ac, Us, Ug, p, qg, C1,
C2, C3, Cst, Tg, and Ts), thus a closure is reached. These

Table 2. Meaning of /s and Cs in Eq. 10

Species /s Cs

Solid phase overall acqc 1 asqs r3 1 r5

Coke component acqc r3 1 r5

Catalyst component asqs 0

Table 3. Correction Factors r21
1 , r19

2 , and r19
3 in Eqs. 14

and 15

Correction Factor Formula

r1 12ð12AÞexp
h
B � ð

ffiffiffiffiffi
p

6as

3

q
21Þ

i
r2 12exp ½2ðas10:2

asc
Þ2�

r3
0:3
p tan 21ð262100asÞ10:15
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coupled first-order ODEs can be easily solved numerically,
such as the Runge–Kutta fifth-order method used in this
study. The required initial (or inlet) conditions are provided
by the output of the feed injection model as described in the
following section.

Modeling of Feed Injection Zone

Building on our previous modeling of two round nozzles10

and four square nozzles,11 here we consider the more realis-
tic case of four fan-shaped nozzles with large aspect ratios.
As Figure 2 shows, the interactions among the four nozzles
are more complicated than those considered in our earlier
studies. A reactive, vaporizing spray will penetrate into the
“territory” of another spray. The flows of gas and catalyst
are accelerated by vaporization and cracking, both of which
are driven by droplet-catalyst collision.

The general forms of the mass, momentum, and energy
balance equations over a control volume in each phase along
the centerline of a single vaporizing ray (denoted as the n
direction) are of the following form

d

dn
aiqiuiA/ið Þ5S/i1S1 (19)

where the index i takes on the “values” g, d, and s, corre-
sponding to the gas, liquid (droplet), and solid phases,
respectively. The constraint shown in Eq. 11 also holds in
this zone. The expressions for /i and the source terms S/i

and S1 are shown in Table 4. More information on the
source terms (S/i and S1) and the associated constitutive
relations can be found elsewhere.11 Thus, the single-spray

model reaches a closure with 10 independent equations and
10 unknowns (dd, as, ag, ad, us, ug, ud, Tg, Td, Ts).

The major difference between the multispray and the
single-spray models lies in the gas and catalyst flow condi-
tions. For the latter, the flow conditions remain the same
over the entire spray coverage, while for each spray in a
multispray system, the gas and catalyst flow conditions
change due to spray interferences with each other. For
instance, as a result of vaporization and cracking, the gas
and catalyst flows will change whenever a spray runs into an
adjacent spray or an opposing spray. To treat this problem,
each nozzle spray is divided into multiple rays to account
for the overlapping geometry generated by the fan-shaped
coverage and injection angle, as detailed elsewhere.11 The
single-spray model is adopted for each ray and then the
reaction-transport model (presented in the previous section)
is used to obtain updated gas–solid conditions (e.g., spray

Figure 2. Feed injection zone in an FCC riser with four fan-shaped nozzles.

Table 4. Definitions of /i and Source Terms in Eq. 19

Phase Equation /i S/i S1

Gas Continuity 1 _mgel2cagqgugl _mvA

Momentum ug _mgeug1lcos h

2cagqgu2
gl

_mvudA

2 FDd1FDsð ÞA
Energy cpgTg _mgelcpgT1

2cagqgugcpgTgl

_mvLA1ECs

2ECd2ER

Liquid Continuity 1 2 _mvA 0
Momentum ud 2 _mvudA FDd2FCdsð ÞA
Energy cpdTd 2 _mvLA ECds1ECd

Solid Continuity 1 _msel1 _mspl 0
Momentum us ð _msel1 _msplÞusecos h FDs1FCdsð ÞA
Energy cpsTs ð _msel1 _msplÞcpsT1 2ECds2ECs
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penetration, vaporization, conversion, etc.) for the next sec-
tion of the spray. The successive iterations between the spray
penetration and the reaction-transport models give the state
variables (temperature, oil composition, etc.) at the end of
feed injection zone.

Model Validation

Here, we use the plant data of Derouin et al.14 to test the
present two-zone model against the traditional homogeneous
plug-flow model (TPFM) and a heterogeneous
hydrodynamics-reaction coupled model (HRCM).9 The
HRCM accounts for fluid-catalyst momentum transfer, while
the TPFM does not.

For best fits, the values of n in Eq. 5 are 0.6 for the cur-
rent model and 0.25 for the HRCM. Table 5 lists the operat-
ing conditions and system properties. Figure 3 shows
Derouin et al.’s data, which indicates that about half of the
VGO conversion takes place within 3.5 m from the riser
inlet. In other words, the first 10% of the riser height pro-
vides more than 65% of the total conversion over the entire
riser, signifying the dominance of “entrance cracking” and
hence the need of predictive calculations for this region.

For the four-lump kinetic model, we use the first-order
rate constants provided by Han and Chung,5 which are listed
in Table 6. For consistency purposes, the rate constants for
VGO cracking were converted to pseudo-second-order rate
constants via appropriate scaling.9

Figure 3 shows the VGO conversion and gasoline yield
vs. riser height, which are predicted by the aforementioned
models against Derouin et al.’s data. As can be seen, the
TPFM significantly overestimates both the VGO conversion
and gasoline yield. The HRCM predicts the gasoline yield
well but underestimates the VGO conversion.9 By contrast,
the two-zone model satisfactorily predicts both the VGO
conversion and gasoline yield. Of particular significance is
the prediction of the steep initial rise in VGO conversion
near the riser bottom (dense-phase zone). After the rise, the
increase in conversion becomes sluggish in the dilute-phase
zone. As discussed by Kumar and Reddy,22 fitting Derouin
et al.’s data is a nontrivial task. Figure 4 shows that the three
models predict very different product yields (wt %) and the
concentrations of unconverted VGO. Note that the gas prod-
ucts, though small in weight, account for a large proportion
of the molar flow.

Figure 5 depicts the gas and catalyst axial temperature
profiles predicted by the three models. Note that in the
TPFM and HRCM, the gas and catalyst have the same tem-
perature. In the two-zone model, the heat-transfer rate
between gas and solid phase is fast initially because of the
large temperature difference. As the two phases mix together
and flow upward, together with endothermic cracking, the
catalyst temperature drops rapidly. Two distinct zones can
thus be identified. One is a thin “entrance layer” within
which the temperature difference between the gas and solid
phases is large. Here, an analogy may be loosely made with
the term “boundary layer” in transport phenomena. Outside
this layer, the temperature difference becomes small and the

Table 5. FCC Riser Operating Condition and System

Properties
14

Operation Parameters and Properties Values

Catalyst feed rate (kg/s m2) 470
VGO feed rate (kg/s m2) 85
Overall cat-to-oil (CTO) weight ratio 5.5
Inlet temperature of VGO feed (K) 650
Inlet temperature of catalyst (K) 960
Riser diameter (m) 1
Riser height (m) 35
Catalyst diameter (lm) 75
Inlet riser pressure (atm) 3.15
Catalyst density (kg/m3) 1800
Gas specific heat (J/kg K) 3299
Liquid specific heat (J/kg K) 2671
Catalyst specific heat (J/kg K) 1150
Molecular weight of VGO (kg/kmol) 400
Molecular weight of gasoline (kg/kmol) 100
Molecular weight of light gases (kg/kmol) 50
Molecular weight of coke (kg/kmol) 400
Droplet volume fraction at injection 0.09
Droplet velocity at injection (m/s) 26
Droplet temperature at injection (K) 450
Droplet size at injection (lm) 270

Figure 3. Spatial variations of gasoline yield and VGO conversion.

Table 6. Heats of Reaction, Pre-Exponential Factor, and

Activation Energy
5

Cracking Reaction
DHi

(kJ/kg)
ki0 (g oil/
(s g cat))

Eai

(kJ/kmol)

VGO ! Gasoline 195 1457.5 57,359
VGO ! Light gases 670 127.59 52,754
VGO ! Coke 745 1.98 31,830
Gasoline ! Light gases 530 256.81 65,733
Gasoline ! Coke 690 0.022 66,570
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two phases approach a thermal equilibrium state
asymptotically.

Figure 6 contrasts the CTO behaviors of the three models.
Note that the TPFM uses the constant, overall CTO through-

out the riser, which is a common feature of many models
reported in the literature. In going from the entrance to the
dilute-phase zones of the riser, the CTO cannot be constant
but decreases rapidly over a short distance above the riser

Figure 4. Spatial variations of product yields and unconverted VGO, comparison with HRCM and TPFM.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Figure 5. Temperatures of gas and solid phases along
the riser.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]

Figure 6. Local and overall cat/oil ratios vs. riser
height.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]

Figure 7. Local and overall cat/oil ratios vs. riser height
up to 1 m from the riser entrance.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]

Figure 8. Velocities of solid and gas phases along the
riser.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]
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inlet. The C/O behaviors predicted by the three models can
be more clearly distinguished by zooming in on a thin
“entrance layer” near the riser inlet as depicted in Figure 7.

Temperature and CTO are the dominant cracking intensity
indicators. Qualitatively, they behave similarly, as shown in
Figures 5 and 6. Inside the entrance zone, both indicators are
very high and change rapidly, resulting in an immediate,
sharp rise in the VGO conversion. Outside the entrance
zone, both indicators are low and become slowly varying,
giving rise to a sluggish increase in conversion. These two

zones have very different physicochemical characteristics
and hence need to be modeled separately. The behavior of
the entrance zone sets the initial condition for the down-
stream zone.

To look into the hydrodynamic characteristics of the riser
flow, we now compare the HRCM and the two-zone model.
Figures 8–10 show the gas and solid velocities, pressure, and

Figure 9. Spatial variation of pressure drop along the
riser.

[Color figure can be viewed in the online issue, which is

available at wileyonlinelibrary.com.]

Figure 10. (a) Spatial variation of catalyst volume frac-
tion along the riser. (b) Catalyst volume frac-
tion vs. riser height up to 1 m from the riser
entrance.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]

Figure 11. Effects of inlet CTO on product yields and
VGO conversion.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]

Figure 12. Effects of inlet CTO on gas and catalyst
temperature profiles.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]

Figure 13. Effects of inlet CTO on pressure along the
riser.
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volumetric fractions, respectively. As can be seen, both gas
and solid velocities increase along the reactor height due to
the cracking-induced volume expansion. As expected, the
increases near the riser bottom are far greater than those in
the rest of the riser. The two-zone model gives a lower
velocity than the HRCM mainly because the former consid-
ers a system that is not in a thermal equilibrium state. As a
result, the vapor temperature is lower, leading to a higher
vapor density in the entrance region. The lower vapor veloc-

ity, compared to that obtained from the HRCM, results in a
weaker drag force between the gas and catalyst and hence a
smaller pressure drop, as shown in Figure 9. Figures 10a, b
display the spatial profiles of the catalyst volume fraction
over the entire riser and the entrance region, respectively.
They reflect the two-zone character of the riser.

Figure 14. Effects of inlet CTO on catalyst coke
content.

Figure 15. Effects of catalyst inlet temperature on
product yields and VGO conversion.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]

Figure 16. Effect of catalyst inlet temperature on cata-
lyst coke content.

Figure 17. Effects of catalyst inlet temperature on total
molar flux of gas phase.

Figure 18. Effect of conversion on product selectivities
via CTO adjustments.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]

Figure 19. Effect of conversion on product selectivities
via adjustments in catalyst inlet tempera-
ture.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]
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Parametric studies

With the two-zone model, we now conduct a parametric
study on the effects of the overall, inlet CTO ratio and cata-
lyst inlet temperature. Figures 11–14 illustrate, respectively,
the CTO effects on product yields, VGO conversion, temper-
ature, pressure, and catalyst coke content. They all show the
expected trends. The same is true of the effects of catalyst
inlet temperature, as illustrated in Figures 15–17.

Selectivity and conversion

The selectivities toward different products depend on the

inlet CTO and catalyst temperature. Figure 18 plots product

selectivities vs. changes in VGO conversion via CTO adjust-

ments. By contrast, Figure 19 shows a similar plot obtained

from adjustments to the catalyst inlet temperature. As can be

seen, the two intensity indicators give rise to qualitatively

different selectivity-conversion patterns. The two-zone model

can be used to find the optimum operating conditions for

maximizing the yield of the most desirable products.

Concluding Remarks

Given that the physicochemical events occurring at the riser
bottom are strikingly different from those in the rest of the
riser, the two-zone modeling approach described in this study
is an important research area. Despite this, little work has
been done along this line. Modeling of the injection zone with
interactions of multiple, overlapping oil sprays has received
even less attention. In this work, we address these issues.

We have shown that the underlying chemistry and physics

of the FCC process are such that it has an inherent two-zone

character. The momentum balance equations need to be

coupled with those of energy and mass balances in each

zone. The two-zone model developed in this work, despite

the simplicity of the cracking kinetics, explains and predicts

Derouin et al.’s data. This result demonstrates that FCC pro-

cess, highly complex as it may seem, is amenable to a quan-

titative treatment with a computationally simple model.

Although a four-lump kinetic model is used in this study, the

1-D two-zone model can easily admit a composition-based

kinetic model. The present work provides a basis for further

exploitation of the two-zone approach.

Notation

A = spray cross sectional area, m2

C = conversion
Ci = molar concentration of ith lump, mol/m3

CC = concentration of coke, wt %
cp = specific heat, J/kg K

CTO = catalyst to oil mass flow rate ratio
ds = catalyst particle diameter, m
D = riser diameter, m

Eai = activation energy of ith conversion, kJ/mol
Ec = convective heat-transfer rate, J/s
ER = reaction heat-transfer rate, J/s
FD = drag force, N
fD = drag force per unit volume, N/m3

fC = collision force per unit volume, N/m3

G = mass flux rate, kg/m2 s
g = gravitational acceleration, m/s2

DHi = heat of reaction from ith cracking reaction, J/kg
H = total height of riser, m
h = heat-transfer coefficient, W/(m2 K)

ki = rate constant of ith conversion
ki0 = pre-exponential factor, g oil/(s g cat)
�ki0 = corrected pre-exponential factor for first- and second-order

reaction

L = latent heat of vaporization, J/kg
l = spray perimeter, m

Mi = molecular weight of ith lump, kg/mol
_mge = gas entrainment mass flux rate, kg/m2 s
_mse = solid entrainment mass flux rate, kg/m2 s
_msp = solid penetration by convection, kg/m2 s
_mv = droplet vaporization rate, kg/m3 s
ns = solid particle number density, m23

nRZ = empirical Richardson–Zaki index
p = pressure, Pa
R = universal gas constant, J/mol K
r = mass-based reaction rate, kg/m3 s
T = temperature, K
U = velocity, m/s
u = velocity in spray region, m/s

Yi = weight fraction (Yeild) of ith lump
z = riser height, m

Greek letters

a = volume fraction
c = partition function for vapor convection
k = local CTO ratio function
h = spray injection angle, degree
l = viscosity of fluid, N s/m2

n = coordinate used for oil spray
q = density, kg/m3

ri = parameters defined in Table 1 (i 5 1, 2, and 3)
Us = catalyst deactivation coefficient

Subscripts

i = riser inlet
c = coke
s = catalyst solid

st = steam
g = gas
d = liquid droplet
e = entrainment
p = penetrated through
1 = gas and solids (ambient) flow condition
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